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New Fossil Power Systems and the Role of Open-Cycle
Magnetohydrodynamics Generators

Naoyuki Kayukawa*
Hokkaido University, Sapporo 060-8628, Japan

Two scenarios for achieving CO,-free fossil fuel utilization in electric power systems are proposed, and the role
of the open-cycle magnetohydrodynamics (MHD) power generation is discussed, taking into account the current
trends of power generation systems and fossil fuel utilization. It is emphasized that the oxygen combustion of
synthetic fuels, synthesis of primary fuels with exhaust gases and heat with additional steam, and separation of
carbon dioxide from a syngas mixture should be performed in the central power stations to provide concentrated
CO; recovery and hydrogen supply capability for dispersed-type power units. It is shown that MHD power gen-
eration driven by plasmas from oxygen-fired synthetic fuel might be the only possible candidate for a topping
system in the ultimate base-load power station with the highest efficiency. Four models of central power generation
systems were considered on the basis of the presumably attainable performance of the components, and the effects
of the proposed scenarios were evaluated in terms of power generation efficiencies with the assumed fractional

dependence on the dispersed-type power systems.

Nomenclature
h = enthalpy, kJ/kmol
N = molar number, kmol
0] = heat, kJ
w = work, work consumption, kJ
w = molar work consumption, kJ/kmol
X = C mole number in combustion reaction, Eq. (4)
y = C mole number in gasification reaction, Eq. (1)
y = ratio of specific heats
AHY = standard formation enthalpy of species s, kJ/kmol
) = fraction of hydrogen distributed to topping unit
e = fractional power from dispersed system
n = efficiency, %
Subscripts
a = absorption
CB, cb = combustor, combustion
CP,cp = compressor,compression
CS = centralized system
D = dispersed system
FC = fuel compressor
GF = gasifier
GT = gas turbine
HX = radiation-typeheat exchanger
LOX = liquid oxygen
M = magnetohydrodynamicgenerator
P = pump
ph = preheat
RFP = recuperative fuel preheater
SG = steam generator
SGS = syngas separator
ST = steam turbine
s = steam
w = water
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w, 0 = waterat 298 K and 0.1 MPa
(1) = inlet
2) = exit

I. Introduction

HE present trend in electric power generation systems to meet

the increased demand for electric power is achieved by small-
scale dispersed-type power units driven by renewable energy or
hydrogen-richfossil fuels. This trend has arisen due to global envi-
ronmental warming, the technologicallimit of significant improve-
ment in thermal efficiency by increasing the scale and working tem-
perature, and the low load-matchingcapability of large-scale power
stations. This trend and the structure of present power systems are
represented in Fig. 1. The environmental impact may largely be
reduced by the presentdual systems with developmentsin unit per-
formances and with an increase in the number of on-site facilities.
However, the CO, emission could not be reduced below some level
because of the technological difficulty in gas separation of air com-
bustion products in a central power station and of the use of car-
bonaceous fuels in a dispersed system. It is also clear that there is a
limit of dependenceon dispersed-typepower sources because of the
low-energy density of natural resources and the cost performance
of intrinsically small-scale units, such as fuel cells and micro gas
turbines. Therefore, a large part of the power demand must be met
in the long term by centralized base-load-type power systems. The
present world average percentage use of fossil resources as primary
fuels in electric power generation is about 63% (Ref. 1) and is grad-
ually decreasing. However, the use of fossil resourcesis expected to
increase continuously as developing countries become more devel-
oped and with the increasein global population. At present, the main
concern with fossil energy utilization is global warming. However,
a comprehensive scenario and technology to achieve the ultimate
goal of CO,-free utilization of carbonaceousfuels in power systems
have not yet been established.

This paper describes two realistic scenarios for achieving this
goal. The basic concept is that carbon dioxide should be managed
in a concentrated manner and that dispersed-powerunits, including
vehicles, should be operated on hydrogen fuel. To design such an
energy system, the reforming of carbonaceous fuels to hydrogen,
or hydrogen and carbon monoxide synthetic fuels, the separation of
hydrogenand carbondioxide,or of hydrogen,carbonmonoxide,and
carbondioxidefrom syntheticgas mixtures,and the supply of hydro-
gen to distributed units should be performed in centralized systems
operated by recycled synthetic fuel combustion with pure oxygen.
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Fig. 1 Trends and features of present electric power generating
systems.

II. Basic Concepts

There are two kinds of synthetic reactions for carbonaceousfuel
reforming. One is the steam reforming reaction described by

C+2H,0 = 2H, + CO, + AH} o, —2AHY 1)

where AHY o, —2AHYy , (=90.18 MJ/kmol C) is the absorbed
heat estimated by the standard molar formation enthalpies of CO,
and H,O. The reaction proceedsabovea temperature of about 8§70 K.

The otherreactions are those with carbon dioxide and steam, which
are described as

C+CO2 =2CO + 2AH} o — 2AH{ o, 2)
C+H,0=CO+H,+AH] o — AH} (3)

These reactions proceed at a temperature higher than about 1470 K.
According to chemical equilibrium calculations, the volume ratio
of hydrogen to carbon monoxide obtained by reactions (2) and (3)
is about %, and the ratio is almost independent of the pressure.2
Therefore, if 1 kmol C is gasified, L 5 kmol C is reformed to % 2 kmol
CO in reaction (2), and kmol C is synthesized to 5 2 kmol CO and
2 kmol H, in reaction (3) The absorbed heat is 145 1 MJ in total.
Hereafter energy utilizationsystems based onreaction (1) and those
based on reactions (2) and (3) are named scenario 1 and scenario 2,
respectively.

In the conventionalprocess of carbonaceousfuel reforming, reac-
tion heat is provided by partial combustion of the fuel itself. In this
case, the maximum obtainablecombustion heat of the syntheticfuel
is equal to the heat obtained by direct combustion of the primary
fuel. In the case of reaction (1), this can be shown as follows: We
assume that total consumption of C in the combustion reaction

C+0,=CO, + AH/ o, 4)
and in the gasification reaction (1) is given by x+y=1.
The gasification heat is y(A H/ o, 2AH0H7O) and it should
be equal to the combustron heat given by —xAH fco,- Then, we
obtain y=AH" 7C0s /2AH H20 kmol. The H, mole number ob-
tained from the reaction ( 1) is 2y, of which combustion heat is
—2yAH" H0 = —AH? £C0 thatis, the combustionheat of 1 kmol C.
If the same calculatlons are applied to reactions (2) and (3), the syn-
theticfuelmole numbers are approximately0.9743 and 0.4871 kmol
for CO and H,, respectively. Again, the total combustionheat of CO
and H, is equal to that of 1 kmol C.

The precedingcalculationsshow thatthe reformingheat absorbed
as chemical energy of the synthetic fuel is delivered as thermal
energy through the combustionreaction. Therefore, if the reforming
heat could be supplied from exhaust gases of an appropriate high-
temperature unit, and the unit could be driven by synthetic fuel that
hasbeenrecycled, the combustionheat released in the unit would be
higher than the combustionheat of the primary fuel by the amountof
the absorbed heat. In other words, the amount of primary fuel input
to the gasifier could be decreased by an amount corresponding to
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Fig. 2 Concept of thermochemical pumping for CO;-free fossil fuel
power generation systems.
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the absorbed heat. The concept of this thermochemical pumping is
one of the bases for designing efficient CO,-free energy systems.
Because of the higher reaction heat in reactions (2) and (3) than
that in reaction (1), the effect of thermochemical pumping is much
higher in principle in scenario 2 than in scenario 1.

Note that the combustion of recycled hydrogen or a hydrogen/
carbon monoxide mixture in the topping unit should be performed
with pure oxygen for the following reasons: 1) Pure H,O and/or
H,0 and CO, are supplied to the gasifier incorporated downstream
of the topping unit. 2) There is minimum NO, emission. 3) It allows
for easy syngas separationdownstreamof the system. The proposed
concept is illustrated in Fig. 2. The recycled fuels are hydrogen in
scenario 1 and a mixture of hydrogen and carbon monoxide in sce-
nario 2. The processesenclosed by brokenlines should be performed
in thecentralizedpowerstation.In both cases,an appropriateamount
of hydrogenshould be suppliedto distributed power units, including
vehicles. In these scenarios, the carbon dioxide can be managed in
a concentrated manner, and the heat regeneration is performed ba-
sically through gasification processes. Some of the separated CO,
could be fed to biomass plants of the microalgae types,> where
chlorella (i.e., the food and the oxygen production) could be carried
out photosynthetically. The remainder of the CO, is liquefied, and
some of this liquefied CO, could be used commercially and the rest
stored in deep sea or underground. On the other hand, cogenerative
heat use may be the most efficient method for utilization of energy
in dispersed power units in regard to the amount of each exhaust
heat and the diffusive nature of the heat.

When the level of temperature and heat to be absorbed in the re-
forming processesis taken into account, a topping power generation
unit for scenario 1 should be either a high-temperature gas turbine
with steam or water injection to meet the allowable turbine inlet
temperature or an open-cycle magnetohydrodynamics (MHD) gen-
erator in which an appropriate amount of steam should be injected
downstream of the MHD generator to provide reforming steam. On
the other hand, in scenario 2, the gasification reaction temperature
should be higherthan 1470 K, so thatif we assume there is a topping
unit with ~35% thermal efficiency, the required working temper-
ature is as high as 2300 K, a temperature to which no rotational
power generation units could be adapted. Therefore, an open-cycle
MHD generator might be the only appropriate topping unit in sys-
tems of scenario 2. A temperature of about 3300 K, which might be
attainable with preheated CO and H, mixture combustion with pure
oxygen, may also be suitable for an efficient MHD power generation
because of high electrical conductivities. The alkaline seed in the
MHD working gas may also promote the gasification process cat-
alytically. Also, in the case of coal gasification with MHD exhausts,
desulfurizationin the form of solid K,SO, can also be attained* at
downstream components at a temperature below 1100 K, that is,
at a radiant-type heat exchanger and filters or electric precipitators.
The concept of a chemical regeneration MHD cycle has also been
studied analytically and experimentally by Gannon et al.> Major
topics and new schema considered in this paper are the follow-
ing: the separation of syngas and CO,, a thorough heat recovery
by syngas preheating and steam generation, the effects of chemi-
cal pumping, the oxygen combustionin MHD combustors, and the
effect of hydrogen-fueleddispersed systems on the total efficiency.
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III. Model Systems

We consider a hydrogen/oxygen-fired gas turbine and an MHD
generator driven by preheated hydrogen/carbon monoxide/oxygen
combustion plasmas as topping units for the model systems of sce-
narios 1 and 2, respectively.The bottoming systemis a steam turbine
of an existing model® in both scenarios, with steam temperature of
840 K, pressure of 25 MPa, and thermal efficiency of ns ~ 48.5%,
where 75 is the ratio of generator output and input heat to the steam
turbine. The primary fuel is assumed to be coal.

As models for scenario 1, and for the purpose of comparison, we
consider two systems. In system 2, shown in Fig. 3, the gasifica-
tion heat is provided by partial combustion of the primary fuel. The
gasifier is installed upstream of the gas turbine (GT) as in the so-
called integrated gasification combined cycle (IGCC) system. This
is areference system to system 2 shown in Fig. 4, where the gasifier
(GF) is placed downstream of the GT driven by recycled hydrogen.
Because the GF temperature in systems 1 and 2 is relatively low
(~1000K), we assume that coal ash can be extractedin a solid state
at the GF. In both systems, the GT fuel is not preheated, and an ap-
propriate amount of steam or water should be injected into the GT
combustors to decrease the combustion product temperature to an
allowable turbine inlet temperature. Referred to an existing GT,’ the
inlet temperature and the pressure ratio are assumed to be 1770 K
and 20, respectively.In system 1, the GT exhaustheatis recovered at
the secondary steam generator (SG2) by steam generation for both
the steam turbine and the injection into the GT combustor, whereas
in system 2, the heat is primarily recovered by coal gasification and
secondarily by steam generation. The GT exhaust pressure in sys-
tem 1 is equal to the SG2 inlet pressure, which is assumed to be
0.15 MPa, and that in system 2 is equal to the GF pressure, which
is assumed to be 0.2 MPa. The turbine inlet pressure is determined
by the pressure ratio with each exit pressure given earlier. The fuel
compressor work is estimated by assuming an adiabatic compres-
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Fig. 3 System 1 of scenario 1 with conventional gasification schemat-
ics: CB, combustor; G, turbogenerator; and P, pump.
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Fig. 4 System 2 of scenario 1 with the combination of GT and GF
based on the thermochemical pumping concept.

sion. Although the work is less in an isothermal compression than
in an adiabatic counterpart, the total efficiency is higherin the latter
case than in the former case because the compressor work can be
added to the heat released in the combustor. The oxidant for the GT
combustor and for the GF in system 1 is assumed to be supplied
from a liquid oxygen storage. The conventional method for lique-
faction is assumed in air separation, and the work consumption is
estimated by oxygen molar consumptionmultiplied by the enthalpy
difference between the standard state (298 K, 0.1 MPa) and the lig-
uid O, storage state. The heat for O, vaporizationand preheat up to
298 K is assumed to be given at the condenser of the steam cycle.
The oxidant supply to each unitis assumed to be provided by the O,
storage pressure. The GF exit temperatures in system 1 are deter-
mined by adjusting the injected steam temperature to be higher than
the assumed minimum value of 950 K, whereas those in system 2
are assumed to be higher than the steam temperature for the steam
turbine by 50 K. Injection of steam into the GF is not necessary
in system 2, because the steam injected into the GT combustor is
sufficient for the reforming of carbon to hydrogen even when half
of the synthetichydrogenis distributed to the dispersed system. The
gas separation work at the syngas separator (SGS) is assumed to be
equivalentto the isothermal compression work for the pressure ratio
of 5 in all systems discussed in this paper.

As models for scenario 2, we can also consider two systems ac-
cording to the design of the fuel preheater, namely, a radiation-type
preheater (HX/SG2) operated at temperatures below 1100 K and a
recuperative-typefuel preheater (RFP) installed next to the GF and
operated at temperatures below 1700 K. The former and the latter
systems are shown in Figs. 5 and 6, respectively. In these cases, the
toppingunitsare MHD generatorsthat are driven by alkaline-seeded
combustion plasmas of preheated hydrogen/carbon monoxide mix-
ture burnt with pure oxygen. Compared with the temperature2920K
of the U-500 natural gas combustion plasma with preheated air at
about 1920 K (Ref. 8), the temperature and the electrical conduc-
tivity are sufficiently high in the present case, namely, higher than
3300K and 26.5 S/m. The plasma interaction with the magnetic field
is much higher than that of the U-500. Therefore, we can assume the
MHD unit efficiency of 30% in both systems considering the U-500
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Fig. 5 System 3 of scenario 2 with MHD topping and ST bottoming
with a radiant-type heat exchanger.
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design value of 24.7%. The generator size may be the same scale,
thatis, 17 m, as the reference channel with higher power output. In
these MHD topping systems 3 and 4, the exhaust gas temperature
is higher than 2300 K, below which the electrical conductivity be-
comes effectively zero, so that the coal ash is in the liquid and/or
vapor phase in the GF. To extract the slag in the liquid phase at
the GF, we assume that the GF exit temperature is 1700 K. As for
the GF design, we can consider a pebble bed type,” as shown in
Fig. 7, in which the slag can forcibly be injected into the slag sep-
arator. The pebble bed design may also provide a sufficiently long
reaction time even in a compact reactor. The ceramic pebble balls
should be coated with metal that is not eroded with both the coal
slag and the alkaline seed in the MHD working gas. There are sev-
eral advantages in the syngas/oxygen combustion MHD cycle with
the thermochemical coal conversionover the direct coal-fired MHD
counterpart.One is the exclusionof a high-temperaturerecuperative
air heater that cannot be incorporatedin the direct coal-fired MHD
system due to slag condensation in the air inlet part at low tem-
peratures. Particular technological difficulties such as an enhanced
anode oxidation and the cathode Hall-shorting due to ionic current
transport through the slag layers can also be overcome. The sec-
ond advantage is the heat pumping effect mentioned in Sec. II. In
principle, the channel heat input is higher by the gasification heat
than that of the direct combustion of coal of the same amount. The
volume of the syngas/oxygen combustion productis much less than
that of the coal/air combustion. This effectalso increasesthe plasma
temperature and the electrical conductivity.

To maintain the exit syngas temperature at the preceding value,
and to perform the gasification of a constant amount of coal with
MHD exhaust gases with different H,O fractions, an appropriate
amount of heat should be extracted by steam generation for the bot-
toming system and also an appropriate amount of steam should be
injected into the GF. In the system shown in Fig. 5, the syngas heat
corresponding to the temperature drop from 1700 to 1100 K is ex-
tracted at the primary steam generator (SG1), and the heat below
1100 K is furtherrecovered by steam generationand fuel preheating
at the secondary regenerator (HX/SG2), where the fuel preheating
temperature is assumed to be 1060 K. The syngas separation from
CO, is performed at the SGS with the same work consumption as
in the two systems of scenario 1. After gas separation, a fraction of
hydrogen is distributed to the dispersed power system, and the re-
maining syngas fuel (H, and CO) is returned to the MHD combustor
through the fuel compressor and the preheater. Adiabatic compres-
sion processes up to 0.77 MPa in system 3 and 0.8 MPa in system 4
are assumed for the same reason as that in the GT compressors. The
MHD combustor pressure is 0.75 MPa in both cases. In system 4
(Fig. 6), the heat of syngas with CO, entering RFP can almost be
recovered by preheating the fuel recycled to the MHD combustor
up to 1660 K. The remaining heat of syngas is recovered by gen-
erating steam that is injected into the GF. Steam generation for the
Rankine cycle is performed upstream of the GF to maintain the GF
exit temperature at 1700 K.

IV. Mass and Energy Balance

To minimize ambiguitiesin calculationsand comparisons, we in-
troduce the following assumptions: 1) The combustion and gasifica-
tion reactions can be described by overall reactions. 2) The reaction
heat can be estimated by the standard formation enthalpies. 3) The
gaseous enthalpies are estimated by the database in Ref. 10, and
those outside the range of temperatures and pressures are estimated
by reference to the JANAF thermochemical tables.!! 4) All pro-
cesses are adiabatic, that is, wall heat losses in components and pip-
ing are neglected.5) The fractional power from the hydrogen-driven
dispersed units is estimated by the average efficiency of np =40%
in all cases. 6) The cogenerationis not consideredin the calculation
of efficiencies. 7) It is assumed that pure oxygen is used as the com-
bustion oxidant in the GF of system 1 for comparison on a common
basis, and the NO, decomposition heat is not considered in any of
the systems. The fuel desulfurization work is also not consideredin
systems 1 and 2. Heat losses accompanying ash or slag removal are
also neglected in all cases.

The total net electrical work of the centralized systems can be

written as
Wes=> W= > W, (5)
i J

where the first term represents the electrical work output from the
GT (i =GT), steam turbine (ST) (i =ST), and/or the MHD gen-
erator (i = M), and the second term represents the work consump-
tion in the liquid O, (LOX) production (j =LOX), work for the
SGS (j =SGS), the pump work (j = Py, P, ...), and the fuel com-
pression work in systems 3 and 4 (j =FC). The work at the GT
compressor is evaluated as the net turbine efficiency.

The electrical work output in dispersed power units may be esti-
mated from the assumption (5) as

Wp =[e/(1 —&)]Wes = npOp (6)

where Qp is the total combustion heat of the hydrogen supplied to
the dispersed system. The relationship between the hydrogen mole
fraction distributed to the topping unit and the fractional power of
the dispersed system is given by

(L= )N, (~AHY, o) -
£ =
Wes + no(1 — 8N, (~AHY,, )

where Ny, is the total synthesizedhydrogen mole number. The total
electrical efficiency is estimated by

Wes + Wp

" Ne(-AH?

(®)
f COz)

where N¢ is the carbon mole number in the primary fuel.

A. System 1

In Sec. II., we showed the maximum hydrogen mole number
obtained by conventional gasification of 1-kmol C from an energy
balance between the gasification and combustion heat. As for the
system, however, the temperature of the reactor must be keptabove
the required level, and the reforming steam should be generated by
the heat of syngas. The mass and heat balance should, therefore, be
reestimated. The heat balance at the GF can be written as

O+ Qs+ Qo, = 0, + 03 ©)

Because C mole numbers consumed in reactions (4) and (1) are x
and y, respectively, we can write Q. = —xAHU.C(h, Q,=2yh,,
Qo, =xho,, Qu =y(AHY o, —2AH)y ), and Q& =(x+)
hg’gﬁz) + 2yh$(2) . The heat balance at the steam generatoris written
as

[©) (2)
SG1 + Qw = Qs + QSG] (10)
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Here, the heat of feed water is given by Q, =2yh,. Given

@ =04, the following equation is obtained from Egs. (9)

and (10):
x(—AH/U.CO2> + xho, +2yh,, = y(AHﬁCO2 - 2AH/U.H20>

SG1(2) SG1(2)
-G-thH2 + (x + y)hCOZ (11)

Because x + y =1, we obtain

o hogy? + 2" ® = 2h,, + AHY o, —2AHD,
ho, + 2m'? —2h, —2AHY, o
SG1(2)
_ hOz - hcoz - AH;J'COQ (12)
N e + 259 o _aAHY
02 Ha w fH20

We assume that the gaseous temperature and pressure at the SG1
exit are 355 K and 0.1 MPa, respectively; the temperature of the
feed water and oxygen is 298 K; and the pressures of the water and
the oxygenare 1.5 MPa and 0.2 MPa, respectively. Then, estimating
the enthalpies as values relative to those at 298 K and 0.1 MPa, we
obtain x =0.1961 kmol and y = 0.8039 kmol from Eq. (12).

With these molar numbers, and the GF and the steam pressures
given earlier, the GF and the steam temperaturesare calculated from
Eqgs. (9) and (10) to be 1256 and 600 K, respectively. The injected
steam mole number is given by 2y =1.6078 kmol. The oxygen
work for the GF is then Wy ox = xwpox = 1.931 x 10° kJ. Likewise,
because the CO; plus H, mole numberis 2.6078 kmol, the work for
CO, separationis Wggs = 12.387 x 10° kJ.

After the CO, separator, a fraction § of hydrogen is introduced
into the GT compressor. The energy balance at the GT combustor
is then

2y8hi2 Y + yshg? ™ 4+ N, AP + 2y6(—AH/U.H20>

= 2y8 + Nu)hio’ (13)

where hgf'(l) is estimated at the compressor exit temperature
and pressure. The combustor pressureis 3.0 MPa, correspondingto
the GT pressureratio assumed to be 20 and the turbine exit pressure
of 0.15 MPa, which is equal to the SG2 inlet pressure. The combus-
tor inlet temperature is estimated by the adiabatic compression in
the compressor with the inlet conditions 355 K and 0.1 MPa. The
oxygenenthalpy hg?(l) is estimated at the temperature298 K and the
pressure equal to 3.0 MPa. We assume the saturated water injection,
and KB are estimated at 480 K and 3.0 MPa. The enthalpy &y, .’
of the total H,O is estimated at the turbine inlet conditions of
1770 K and 3.0 MPa. In the case, for example, where 6 =0.85,
the injected water mole number is obtained as N, =2.3467 kmol
from Eq. (13). The FC work W,,, and the net axial work done by
the GT are, respectively, given by

Wep = 208 (Hr® = H2 ) (14)

War = n6r(2y8 + Ny (15)

System 1 is a reference for system 2 described in the next section
for the evaluation of the effect of thermochemical pumping. In this
respect, we assume the same turbine efficiency ngr as a function of
& shown in Fig. 8. The calculation of ngr will be shown in the next
section. The heat balance at the SG2 can be written as

(2yé + Nw)hgjél)(l —nar) = Wep = Qst + (28 + Nw)hlsi(z}é(Z)

+N, (th<1> - h‘jﬁj“) (16)

where the enthalpy of supply water for the GT injectionis estimated
at 298 K and 3.0 MPa. For the case where 6§ = 0.85, the GT work is
103.23 x 10° kJ and the net axial turbine efficiency is 26.53%. The
gas temperature at the turbine exit can be estimated from the left-
hand side of Eq. (16) for H,O mole numbers Ny,o =2y8 + N,, as
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Fig. 8 GT efficiency and exit temperatures in systems 1 and 2.

shown in Fig. 8. It can be seen that the temperatures are sufficiently
high for steam generation at the assumed temperature. The heat in-
put to the ST system is given by Qgr = NST(hSTH — 1" Py With
an assumed efficiency of 48.5%, the ST output is 102.84 x 10° kJ.
The estimated work of the dispersed system is 29.03 x 10* kJ. The
steam molar flow in the ST cycle is estimated to be 3.60 kmol, and
the pump work is 1.43 x 10° kJ. The pump work for the GT and that
for the GF injection are 0.12 x 10* and 39 kJ, respectively. Then,
from Eq. (8), the total electrical efficiency of the system 1 is esti-
mated to be 53.9%. The fractional power from the dispersed systems
is £ =13.68% in the case of 1 — 6 =0.15.

B. System 2

In system 2, carbon can be reformed as described by reaction (1)
with high-temperature exhaust from the GT. For the same turbine
pressureratio of 20 and GF pressure of 0.2 MPa as in system 1, the
turbine inlet pressure is calculated to be 4.0 MPa. It is assumed that
the combustorpressure and the compressorexit pressureare equal to
4.0 MPa. The fuel temperature at the combustor inlet is calculated
by assuming an adiabatic compression from 355 K and 0.1 MPa
to 4.0 MPa. Then, with the condition y =1, the heat input and the
amount of the injected water to the combustor can be estimated by
Eq. (13), where ASPM should be estimated at 4.0 MPa. The com-
pressor work can be calculated by Eq. (14). Note that, in this case,
the molar number of the injected water plus combustion product is
sufficient for the reforming, so that no steam is supplied to the GF
from the steam generator, and as 2 kmol H,O is consumed in the
gasification reaction, the energy balance at the GF can be written as

(28 + N)hp o (1 = nar) = Wy = AHJ o —2AHY,
+ @28+ N, —2)h'S + hg? + 2n5 @ (17)

The right-hand side is the reforming heat plus the heat at the GF
exit, which are assumed to be equal to the heat input to the steam
generator(SG). The molarenthalpiesare estimated with the assumed
SG pressure of 0.15 MPa and the temperature being higher than
the steam temperature by 50 K. With these assumptions, we can
calculate the GT exit temperature and enthalpy hg?éz) for the H,O
mole number equal to 26 + N,,. We can then estimate the GT work

and the net axial efficiency as

Wer = (28 + Nw)(hgjg“ - hgjg>) - W (18)
W,
ner = —_— D (19)
28 + Ny o

The calculated turbine exit temperatures and efficiencies are given
in Fig. 8. As mentioned in the preceding section, these efficiencies
were employed for the performance evaluationof system 1. The dif-
ference between the turbine exit temperatures in the two systems is
mainly attributedto the differencein pressuresat the GF in system 1
and at the SG in system 2.
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The heat balance at the SG is

(25 + Ny = 2350 + KL + 20550 = Qg+ N, (S

) + 8+ Ny = DS BT 2087 QO)
The work consumption at the separator and that of the LOX for
the GT combustor are, respectively, calculated as Wsgs = 3wsgs
and Wyox =8wrox, where the molar work consumptions are
wsgs =4.75 x 10* kJ/kmol for the pressure ratio of 5 at 355 K
and wrox =9.89 x 10° kJ/kmol for LOX production at 140 K and
4.0 MPa. In the case of § =0.85, the total efficiency is 55.94% and
the fractional power from the dispersed systemis 13.2%.

C. System3

As mentioned in Sec. II, the molar ratio of CO to H, in the syn-
thesized gas obtained by reactions (2) and (3) is about 2, and, as
confirmed in Ref. 2, no significant effect in system performance re-
sults from some change in the syngas composition, so that we can
assume here that Nco/Ny, =2. Then, CO and H, mole numbers
from gasification of 1-kmol C are No = % and Ny, = % kmol, re-
spectively, of which all of the carbon monoxide plus Ny, kmol
hydrogen should be returned to the topping MHD combustor. The
CO; and H,O inputs to the GF from the MHD unit are equal to
Nco and Ny,§ kmol, respectively. Therefore, the minimum injec-
tion steam at the MHD diffuser is NSF = Ny, (1 —§) kmol. The
syngas contains 1 kmol carbon dioxide. In this system, the GF exit
temperature should be kept constant below the slag vaporization
temperature, so that an appropriate amount of heat Qy; should be
extracted by steam generation from the MHD diffuser.

After the GF, the heatof the syngasand the carbondioxide mixture
should be decreased at SG1 down to the temperature of 1100 K
through steam generation for coal reforming at 500 K and 0.5 MPa
by Q9" = NS (hZ" — hS' ) and for the ST at the pressureof 24 MPa
by Q,,. The syngasis furthercooledin the heatexchanger(HX/SG2)
of the piping type through secondary steam generationby Q,; and
the preheating of the syngas recycled to the MHD combustor by

0 = Mool ~ KXY) + N (W —XV) 2

where the enthalpies at the exit with the superscript HX(2) are
estimated at the assumed temperature of 1060 K and the MHD
combustor pressure. The enthalpies at the heat exchanger inlet
with the superscriptHX (1) are estimated by the exitconditionsof the
fuel compressor at pie =0.77 MPa and T}¢ = (p\2/pLe)” =177,
and the compressor inlet conditions are assumed to be TF%) =355K
and pf;lc) =0.1 MPa. The work for FC can be estimated by

Wee = Neo S — ) + M (HE® —HEEV)  (22)

Then, neglecting the effect of the ionization seed, the heat output
from the MHD combustor can be estimated as

Oy = NCO(AH;J.CO - AH/”.CO2> + NHZS(—AH/U.Hw)

+ No o + Neohgg ™ + Ny, Ship @ (23)

Here, N, is equal to (Nco + Ny,) /2. The oxygen enthalpy is esti-
mated at 298 K and a combustor pressure of 0.75 MPa. The MHD
generator work can be estimated by Wy = ny Ou. The LOX work
is given by WLOX = N02 wWLox-

The heat input to the gasifier can be written as

G = 0m(l —nw) + N1 — ) — 0, (24)

and the heat balance at the GF is
(1)
GF — é(ZAHﬁco - AH/U'C02> + %(AH;J'CO - AH?’HQO)

+ Neohgo” + Niyhyg: @ + heo? (25)

The sum of the first two terms in Eq. (25) is the heat Q, absorbed
in the reforming reactions. The last three terms are equal to the heat
le): at the GF exit, which was estimated under the conditions of
1700 K and 0.2 MPa. Equating Q) to the heat input to the SG1,
we can write the heat balance at the SG1 as

(51(_2,1 — sz + Q?F + NCOh(Sj((})l(Z) + NthIS.[(jl(Z) + h(sj((})l(Z) (26)
The last three terms in the right-hand side are the heat Q(Szc)'1 at the
SGI exit, which is assumed to be equal to the input heat Q(Slc)'17
to SG2 at 1100 K and 0.15 MPa. Q,, is a part of the heat to the
low-pressure ST. The heat balance at the HX/SG2 is

si2 = Qo3+ Qpn+ Neoheg™™ + Ny ™™ + Neo, g, (27)
where the enthalpies at the exitare calculatedat 355 K and 0.1 MPa.
From Egs. (24-27), we obtain the total heat input to the ST

O+ 0+ Qy3=0gras
Ost = Ol —nm) — Qu — Qph - (Szc)'z (28)

where Q(Szc)'2 is equal to the sum of the last three terms in Eq. (27).
The work consumption at the syngas separator should be estimated
under the same conditions as in other systems, that is,

Wses = (Nco + Nu, + NCOg)wSGS (29)

For example, in the case of § =0.85, Wy, Wy, and Wp are cal-
culated to be 167.77 x 10°, 104.76 x 10?, and 9.68 x 10® kJ,
respectively. The LOX work, the FC work, and those of
the syngas separation and ST pumping are calculated to be
9.37 x 10%,16.55 x 103, 14.25 x 10%, and 0.63 x 10* kJ, respec-
tively. The total efficiency and the fractionof the dispersed power are
n=61.32%and ¢ =4.01%,respectively,for § =0.85.In scenario2,
the hydrogen combustionheatis about 30% of the total syngas com-
bustion heat, so that the dispersed power fraction exceeds 10% at
first when § becomes larger than 0.613.

D. System 4

It is assumed that the coal slag can be completely removed from
the syngas and carbon dioxide mixture at the slag separator at
1700 K, so that an RFP can be used downstream of the GF. In this
configuration, most of the heat from the GF can be transferredto the
fuel and recycled to the MHD combustor. The fuel preheating tem-
peratureis assumedto be TR(?P =1660K.Itisassumedthatthe fuel of
the mole number N¢g + Ny, § is pressurized adiabatically from the
same inlet temperature and pressure as those in system 3 to the exit
conditions as pézc) =0.8 MPa and TF%) =643 K. The compression
work is calculatedby Eq. (22) with enthalpies at the aforementioned
temperatures and pressures. The heat Q, transferred to the fuel is
calculatedby Eq. (21) with the enthalpy values at the RFP inlet state
TF%) and pézc and those at the exit state TR(Q, and pl(fF)P =0.75 MPa.
The heat input to the MHD generator is also given by Eq. (23) with
the preceding gaseous enthalpiesevaluated at the preheater exit. We
assume that the steam mole number injected into the GF is the same
as in system 3 and also that the conditions at the syngas separator
are the same. Therefore, the steam heat injected into the GF is de-
termined by the heat balance at the fuel preheater and the SG, as
follows:

Q.Y = g; - Qph - (52(_2, (30)

where the heat at the SG exit is given by Q(SZC)' = Ncoh(sjg(z) +
NthIS{?(z) + NCOZh(Sjg?). In this system, the heat input to the GF
should be kept constant even when the amount of the recycled hy-
drogenis changed. Therefore, the steam generationfor the Rankine
cycle should be performed at the MHD diffuser after the steam in-
jection.

The regeneratedheat can be calculated by the following relation-
ship:

Osr = Ou(1 — nw) + Q%" — 0, — 03 (31)
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The numerical results for the case of §=0.85 are as
follows: Wy, Wsr, and Wy are 179.33 x 10%, 199.15 x 10%, and
9.68 x 10° kJ, respectively. The LOX work and the syngas sep-
aration work are the same as those in system 3. The FC
work, the ST pump work and the steam injection work are
16.57 x 10%, 1.37 x 10°, and 0.84 KJ, respectively. Then, the total
efficiency and the fraction of the dispersed power are 62.64% and
3.92%, respectively.

V. Results and Discussions

The efficiencies of systems 1-4 are presented in Fig. 9 with vari-
ation in the fractional power of the dispersed system from ¢ =0 to
30%. It can be seen that the maximum efficiency can be obtained
in each system at ¢ =0(5 =1.0) and that the efficiency decreases
with ¢ in each case. Although this tendency is due to the assumption
of constant efficiency of the dispersed system, the assumption may
be valid because the unit efficiency may not be dependentin princi-
ple on the total hydrogenuse in the dispersed energy system, but the
increase in the total work is mainly attributed to the increase in the
number of units. The efficiency change with the fraction ¢ is largely
dependent on the average efficiency of the dispersed system. If §
is lower than the assumed value, each system efficiency decreases
more rapidly with ¢ from the value at ¢ =0.

A comparison of the four systems shows that the highest effi-
ciency is attainable in the MHD topping system with a recuperative
fuel preheater. The difference between systems 4 and 3 is mainly
attributed to the difference in the heat recycled from the fuel pre-
heater to the topping unit. Even though the efficiency of system 3 is
lower by 1.0 ~ 1.5% than that of system 4, system 3 is worth noting
because of its simplicity in the fuel preheater design and operation.
NoteinFig. 9 thatthe effects of thermochemicalpumpingare clearly
demonstratedin comparisonsof scenarios 1 and 2 in the whole range
of ¢ and also in comparisons of systems 1 and 2 in scenario 1 in
the range ¢ < 0.15. We can say that the efficiency increase resulted
from the thermochemical pumping is about 3 ~ 4%. The difference
between systems 2 and 3 is mainly attributed to the difference in
the heat of reaction and to the fuel preheating in system 3. The ef-
fect of thermochemical pumping in scenario 1 becomes small with
increase in ¢. This is because the GT exhaust heat in system 2 is
regenerated in part by the gasification and by the steam generation
at the SG, so that the effect of thermochemical pumping becomes
small with decrease in §. On the other hand, in system 1, the GT
exhaust heat can be regenerated by the ST cycle with a constant
fraction.

The efficiency characteristicsshown in Fig. 9 were obtained with-
out taking into account the work consumption for the liquefaction
of the separated CO,. If we assume the conventional compression
methodfor liquefaction,the minimum work may be estimated by the
enthalpy difference between the initial state of 355 K and 0.1 MPa
and the liquid state assumed, for example, at 273 K and 5 MPa. If
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Fig. 9 Efficiencies of systems 1-4 and the dependence on the frac-
tional power from the dispersed system: nst =48.5%, my =30%, and
np =40%.

Table1 Fractional work consumptions in systems 1-4
without CO; liquefaction

System Wiotal, kKJ Wrox Wsas Wec

1 24.24 x 10° 0.4068 0.5175 [

2 26.21 x 10° 03762  0.5582 —

3 42.40 x 10° 0.2336  0.3377  0.4120

4 42.99 x 10° 0.2294  0.3315  0.4045
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Fig. 10 Efficiencies of systems 2 and 4 with consideration of CO, lig-
uefaction work estimated by enthalpy change from 355K and 0.1 MPa
to 273 K and 5 MPa.

all of the separated CO, is assumed to be liquefied, the work con-
sumption for 1-kmol CO, will be 15.68 x 10* kJ. The efficiencies
of systems 2 and 4 with CO, liquefaction are plotted in Fig. 10. It
can be seen that the efficiency drops are about4 % in both scenarios,
whereas 60% is obtained in system 4 in the case of € =0.

The major electrical energy consumption in the present four
model systems occurs in the LOX production and in the syngas
separation processesin systems 1 and 2 plus the consumptionin the
fuel compressorin systems 3 and 4. The total work consumptionand
the fractions of each of Wiox, Wses, and Wgc in systems 1-4 are
given in Table 1. These results show that the developments of syn-
gas and air separation technologies are key issues in the realization
of the proposed scenarios. If the syngas separation pressure ratio
assumed so far to be 5 could be reduced to 3, and the air separation
could be performed with a membrane-type air separation method
under a pressure ratio of, for example, 5, under isothermal com-
pression, then the total efficiencies of systems 2-4 at § = 1 could be
improved from those givenin Fig. 9 up to 62.75,65.28,and 66.67%
respectively.

V1. Conclusions

The conceptof CO,-free fossil fuel power generationsystems was
proposed on the basis of a coupled configuration of central and lo-
cal power generationsystems. The role of the centralizedlarge-scale
station is to reform the carbonaceous fuel to hydrogen or hydrogen
and carbon monoxide, to recover the carbon dioxide, and to dis-
tribute the hydrogen to the local dispersed-type power units. The
reforming processes are either a relatively low-temperature carbon/
steamreactionor high-temperaturecarbon/steamand carbon/carbon
dioxide reactions. It was emphasized on the basis of the ther-
mochemical pumping concept that the gasification heat and oxi-
dants should be supplied from the exhaust of an appropriate top-
ping unit driven by recycled syngas combustion products with
pure oxygen. It was shown that the appropriate topping unit was
a steam or water injection-type GT or a combustion-type MHD
generator in the case of hydrogen/oxygen combustion, whereas in
the case of hydrogen and carbon monoxide/oxygen combustion,
only an MHD generator could be used for the topping unit be-
cause of the high temperature and enthalpy required for the exhaust
gases.
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The effect of thermochemical pumping and the effects of fuel
preheating were evaluated in terms of total efficiencies and com-
pared among the four models of combined systems under the as-
sumptions of state-of-the-artunit performances. It was shown that
the effect of thermochemical pumping amounts to a 3~4% in-
crease in total efficiency. The best performance was obtained in the
case of an MHD topping with a recuperative-type fuel preheater
combined with an ST system having an efficiency of from 64.0
to 55% when the fraction of the dispersed system power was var-
ied from O to 29%. The efficiency of the GT topping system with
thermochemical pumping was several percentage points lower than
that of the MHD topping systems, but higher by several percent
than that of the same GT topping system operated under the con-
dition of conventional gasification schematics. Furthermore, it was
shown that the total efficiency decreased with an increase in dis-
persed power. This is because the total power from the dispersed
system is not determined by the unit power, but by the unit num-
ber. The effect of CO, liquefaction was estimated to be about a
4% decrease in total efficiency. The efficiency performances given
in the present paper were estimated without consideration of any
heat losses in system components for the purpose of compari-
son on a common basis. Therefore, the values given in this pa-
per may certainly be overestimated, but have relative meaning.
However, note that the efficiency of system 1 is almost the same
order to or a few percentage points higher than that of the pro-
jected value of the IGCC (~5.5%).'? Therefore, the presentedresults
may be worth noting as target values of more realistic designs of
systems 2-4.

The key technologies that must be developed to achieve the pro-
posed scenarios are 1) an MHD generator driven by syngas/oxygen
combustion plasmas, 2) a hydrogen/oxygen fired GT with low tem-
perature or water injection, 3) carbon reforming processes with the
exhaustheat and oxidants from the topping units, 4) efficient syngas
and carbon dioxide separation, and 5) efficient oxygen production.
However, note that none of these technologies are new, and all of
these could certainly be achieved by further developments of the
state-of-the-arttechnologiesand by the restoration of the past MHD
activities.
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